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The aim of this work is to investigate the performance and energy efficiency achieved by an integrated
system based on two different ethanol fuel processor configurations: a Conventional Reactor (CR) and a
Membrane Reactor (MR). The CR-based configuration system consists of an ethanol reformer followed by
two water-gas shift reactors operating at high and low temperatures. The final hydrogen purification is
carried out by a preferential oxidizer in order to reduce the CO concentration before feeding the polymer
electrolyte membrane fuel cell (PEMFC). A multi-tubular MR process using thin Pd-Ag tubes has also been
considered, where the water-gas shift reaction and the hydrogen separation take place simultaneously.

The analysis showed that the MR process configuration possesses a simpler system design with a minor
advantage in terms of energy efficiency (30%) compared with the conventional system (27%). Moreover,
a detailed parametric analysis concerning the effects of water-to-ethanol molar ratio, reaction pressure,
reformer and MR temperature, sweep-gas molar ratio and MR configuration on the achieved performance
(hydrogen yield) and energy efficiency of the system has also been done.

The importance of optimizing integrated systems is shown since the optimal operating conditions from
aglobal efficiency analysis point of view are in general distinct when compared with those obtained when
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focusing on the reformer reactor or individual process units alone.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Inrecentyears, the environmental sustainability has focused the
attention of the researchers on the use of hydrogen as an energy
vector [1]. It is being also consensual the fact that the full envi-
ronmental benefit of a society transition to hydrogen is achieved
only when the hydrogen needs can be derived from renewable
resources, such as water photovoltaic hydrolysis or biomass gasi-
fication [2]. However, most of the hydrogen is still obtained from
fossil sources [3]. Moreover, hydrogen has a very low volume den-
sity making it difficult for using in transportable devices. In this
perspective, the interest of processes for producing hydrogen from
reforming of ethanol, obtained by the fermentation of biomass, is
growing [2,4,5]. In fact, new studies are oriented to consider the
production of bio-ethanol from cellulose [6] instead of corn and
sugarcane, seen as responsible for driving up the food prices as
well as for giving only a slight contribution to the reduction in
the greenhouse-gas emissions [7]. Additionally, bio-fuels can be
used as high volume density hydrogen carriers for mobile appli-
cations. Especially for small power supplies, carbon dioxide can
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advantageously be released to the atmosphere, since bio-fuels are
CO; neutral. When compared with other feedstocks (e.g., methanol,
ammonia, gasoline and natural gas), bio-ethanol presents a series
of advantages, since it is easier to store, handle and transport and
has lower toxicity and volatility [8].

In the last years, the production of pure hydrogen from dehy-
drogenation reactions has been increasingly studied and applied in
processes using membrane technologies. The introduction of mem-
branes and membrane reactors in traditional processes presents
several advantages such as the reduction of the number of pro-
cess items, the increase of reactor performance, modularity and
continuous operation [9-13]. In fact, a membrane reactor (MR) is
a device where the reaction and the selective separation of one
or more species take place. In the case of thermodynamic lim-
ited reactions, the selective removal of products from the reaction
medium increases the conversion (shift effect) [11,13,14]. Gener-
ally, the use of a membrane selective towards hydrogen for carrying
out dehydrogenation reactions (such as the reforming of hydrocar-
bons or alcohols) allows attaining reaction conversions higher than
the thermodynamic value. In particular, the use of dense metallic
membranes assures the production of ultra-pure hydrogen, avoid-
ing the presence of any clean-up unit. This aspect is very important
when the hydrogen production is aimed at feeding a polymeric
electrolyte membrane fuel cell (PEMFC), which can be poisoned
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Nomenclature

CR conventional reactor

E permeability activation energy [J mol~1]

Enernst thermodynamic potential [V]

F Faraday'’s constant [=96,500 C]

FC fuel cell

P'{;'a hydrogen molar flow rate entering the anode

[molh—1]

f]?l;ta hydrogen molar flow rate exiting the anode
[molh~1]

Fm total mass flow rate in a given stream [gh™1]

HHV high heating value [M] kg~1]

HT-WGS high-temperature water-gas shift

Icell

J
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K;
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"EtoH
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PEMFC

P reaction

PrOox
P1
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—Tco
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current of the fuel cell stack [A]

hydrogen molar flux across the Pd-Ag membrane
[molm~2s-1]

rate constant (mol min~' g_}

equilibrium constant

adsorption constant for species i (i=CO, H,0, H, and
CO,) [atm™1]

low temperature water-gas shift

membrane reactor

pressure exponent constant

ethanol molar flow rate consumed in the reformer
[molh~1]

ethanol molar flow rate consumed in the burner
[molh—1]

power of the fuel cell stack [W]

partial pressure of component i (i=CO, H,0, H, and
CO,) [atm]

polymer electrolyte membrane fuel cell

reaction pressure (in the MR it refers to the lumen
pressure) [MPa]

preferential oxidation

hydrogen partial pressure at the retentate side of
the Pd-Ag membrane reactor [MPa]

hydrogen partial pressure at the permeate side of
the Pd-Ag membrane reactor [MPa]
water-to-ethanol molar ratio

ideal gas constant [=8.314J mol-1 K]

rate of reaction regarding carbon monoxide con-
sumption (mol min~! g1

steam reformer

Sweep-gas molarratio ratio of the sweep-gas flow rate to the

T
Tmr

TRef
WGS

Vcell
Nact,an
Nact,cat

Nohmic
Xi

Yh,

ethanol flow rate incoming into the reformer unit
absolute temperature [K]

temperature of the Membrane Reactor unit [K or °C]
temperature of the Reformer unit [K or°C]
water-gas shift

fuel cell voltage [V]

anode overvoltage [V]

cathode overvoltage [V]

ohmic overvoltage [V]

molar fraction of component i (i=CO, H,0, H, and
CO3)

hydrogen yield (ratio of moles of hydrogen pro-
duced per mole of ethanol incoming to the reformer)

NpPEMFC system  €nergy efficiency of the integrated system

1)
()]
Do

Pd-Ag membrane thickness [m]

hydrogen permeability [molmm~2s—1Pa=0>]
permeability pre-exponential factor
[molmm=2s-1Pa—03]

by low amounts of other gases (i.e., CO concentration higher than
10 ppm [15]). Pd-based composite membranes consisting of a very
thin Pd layer (in the range of few micrometers), applied by one of
the several possible techniques (electroless, sputtering, CVD, etc.)
over ceramic or metal porous supports, have been studied; how-
ever, the quasi-infinite hydrogen selectivity and durability seem
difficult to be realized [15]. Conversely, dense metal membranes
consisting of thin wall Pd-Ag permeator tubes have been produced
via a cold rolling and diffusion welding procedure [16,17], where
the complete hydrogen selectivity as well as the long life of the
membranes has been demonstrated in long term (over 1 year) tests
carried out at 250-400°C and lumen pressures up to 2 bar [18].
The application of higher transmembrane pressures to these mem-
branes requires the use of structured supports; a study of metal
Pd-based membranes supported by stainless steel and nickel has
been reported in the literature [19].

An experimental apparatus for producing pure hydrogen, that
feeds a 500 W polymeric fuel cell, has been built at ENEA facili-
ties. The experimental set-up consists of a conventional ethanol
reformer followed by a Pd-Ag multi-tube membrane reactor per-
forming both the water-gas shift reaction and the separation of
the hydrogen produced [20]. However, the preliminary studies and
experiments have been putting into evidence the need of consider-
ing the simulation and optimization of these innovative membrane
processes, both in terms of hydrogen yield and energy efficiency
integration [20].

The system integration of such membrane-based processes is
rarely addressed in the literature despite its importance under the
Process Intensification Strategy point of view [21]. In fact, for sta-
tionary applications the PEM fuel cells should be highly integrated
systems, including a fuel processor, the fuel cell itself and a post-
combustion unit that fulfils the energetic demands of the system.
Therefore, the integration should not only be expressed in terms of
material flows but also in terms of energy balance [22].

In this work, a membrane-based process is proposed and then
compared with a heat integrated conventional process configu-
ration. This design study starts from the analyses carried out on
a hypothetical conventional process for producing hydrogen via
ethanol steam reforming (SR), water-gas shift (WGS) reactors, a
preferential oxidation (PrOx) unit, followed by a PEMFC stack.
Following the same system design approach, a membrane-based
ethanol fuel processor was implemented replacing the WGS and
PrOx reactors by a unique multi-tubular Pd-Ag membrane reactor
where the WGS reaction is conducted with simultaneous hydro-
gen purification. Commercial process simulation software (HYSYS)
was used to solve the mass and energy balances, and to compute
the operating conditions for each process unit [23]. The effect of
key variables such as the reformer temperature, the reagents molar
ratio, the reaction pressure, the temperature of the membrane reac-
tor and the effect of sweep-gas on the fuel cell system efficiency is
also discussed.

2. Description of the ethanol reformer systems

Both systems described below, CR standing for Conventional
Reactor and MR standing for Membrane Reactor, have in common
the following characteristics:

¢ a fuel processor, which chemically converts the ethanol into
hydrogen, and hydrogen clean-up equipment(s);

e a fuel cell stack, which electrochemically converts the hydrogen
into electric power;

e associated equipment for heat, oxygen and water management;
and

e auxiliary equipment such as pumps, compressors and expanders.



D. Mendes et al. / Catalysis Today 156 (2010) 107-117

Ethanol

Evaporator
41E0H

109

Fuel
EtOH ﬂ
—— ——i Ei OH HT-WGS LT-WGS
1 Mixture Reactor ol
+ Feed
':jI 5 $ Lol Reformate HT-WGS :'T:fﬂi ;T“;Gi
- ee iI Prod Feed o ee
Wﬁﬂg——-ﬁ’—‘ | Heater
2 Ory \65_\
i Gas uwus
15 l lPrO: Q Prod
Feed PEM Ccombustian 114
FC ¢ Prod
16 s H2
¢ e Reactor nan-reacted
ondensate 10
-»—:Q': = 1
Prox 12
i Praduct "% -— =
02 02PEMFC
Feedto Out Oxt
1 PEMFC —-—|
Burner
EQ——II i Reactor
3

Fig. 1. Flow sheet of an integrated PEMFC system with an ethanol steam reforming system—conventional configuration.

Two different configurations were studied: (i) the conventional-
based approach—CR (Fig. 1) and (ii) the membrane-based
approach—MR (Fig. 2).

In terms of system design, the main difference between
conventional- and membrane-based configurations is related with
the hydrogen clean-up equipment(s) used and inherently on the
process complexity. In the conventional configuration, three units
were used to allow reaching a high H, content in the PEMFC feed
stream: high- (HT-WGS) and low- (LT-WGS) temperature WGS
reactors, and finally the PrOx unit. On other hand, in the membrane-
based configuration only one unit was used—a WGS-MR.

In the simulated systems, both ethanol and water streams are
provided at20°Cand 0.1 MPa (streams 1 and 2 in Figs. 1 and 2), then
are pumped to a mixer and finally fed to the ethanol reformer unit.
The water flow rate required for the steam reformer is controlled
by the water-to-ethanol molar ratio desired. The process design
considers a burner reactor used for combusting the vent streams
from the fuel processor, which is used to balance the heat demands
of the system, namely for heating/vaporizing the steam reforming
feed and to heat the reformer itself. The oxygen required for the
combustor, fuel cell and PrOx unit in the conventional configura-
tion system is also supplied at 0.1 MPa and 20°C (cf. stream 3 in
Fig. 1 and Table 1). A compressor is subsequently used to pressur-

ize this stream to achieve the specified pressure and perform the
CO oxidation reaction.

For simplicity, compressor, expander and pumps adiabatic
efficiencies were assumed to be 75%. No pressure drops were
accounted. These process systems were designed taking into
account that CO, is separated from H, and dehydrated in a con-
denser after the burner reactor for subsequent release or capture
(e.g., compression) (cf. Figs. 1 and 2).

The membrane reactor operation is simulated by an in house-
designed program, as explained below, outside the simulator
environment. For simplicity, this unit was represented by a
“conversion reactor” (the reaction medium according to HYSYS
terminology) and a splitter (the Pd-Ag membrane)—cf. Fig. 2.
The operating conditions of both systems are summarised in
Tables 1 and 2.

2.1. Ethanol reforming unit

The reaction pathways and thermodynamics of the ethanol
steam reforming have received a significant attention in the
published literature [4,8,24,25]. Moreover, the types of catalysts
employed play a crucial role in the reactivity towards complete
conversion of ethanol, hydrogen selectivity, and inhibition of coke
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Fig. 2. Flow sheet of a PEMFC system integrated with an ethanol steam reforming system—membrane-based configuration (dotted box represents the WGS-MR).
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Table 1

Operating conditions of the main streams in the CR-based system illustrated in Fig. 1 (Tyer. = 700 °C, Preaction =2 MPa and R=3).

Stream T[K] P [MPa] Fn[gh™1] XEtOH XH,0 Xco X, Xco, Xo,
1 293.2 0.10 141.7 1.0 - - — - —
2 2932 0.10 1349 - 1.0 - - - -
3 293.2 0.10 604.7 - - - - - 1.0
4 293.2 0.10 26.77 1.0 - - - - -
6 973.2 2.0 250.0 3.86x 1073 1.80x 10! 1.69 x 10! 5.70 x 10! 7.74 x 1072 -
8 483.2 2.0 250.0 3.86x 1073 3.56 x 102 243 x 102 7.14 x 107! 2.22x 107! -

10 343.2 0.10 280.6 3.86x 1073 1.08 x 107! 9.90 x 107 6.41x 10! 2.46 x 107! -

14 1273.2 0.10 374.7 - 484 %1071 1.63x10°6 - 5.16 x 10! -

15 293.2 0.10 273.6 - 243 x 1072 - - 9.76 x 107! -

16 293.2 0.10 101.1 - 1.0 - - - -

Table 2
Operating conditions of the main streams in the MR-based system illustrated in Fig. 2 (T;ef =700 °C, Preaction =2 MPa, Tyg =360°C and R=3).

Stream T[K] P [MPa] Fn [gh™!] XEtOH XH,0 Xco XH, Xco, Xo,
1 293.2 0.10 132.7 1.0 - - - - -
2 293.2 0.10 134.9 - 1.0 - - - -
3 293.2 0.10 555.0 - - - - - 1.0
4 2932 0.10 17.65 1.0 - - - - -
6 973.2 2.0 250.0 3.86x 1073 1.80x 10! 1.69 x 10! 5.70 x 10! 7.74 x 102 -
9 633.2 2.0 221.7 1.36 x 102 6.67 x 10~2 266x102  4.99x10-2 843 x10~! -

10 633.2 0.10 28.44 - - - 1.0 - -

14 1273.2 0.10 364.2 5.18 x 10! 1.24x 1072 470 x 107! -

15 293.2 0.10 253.4 1.28 x 102 2.53x 102 9.62 x 107! -

16 293.2 0.10 110.7 - 1.0 - - - -

formation. Non-noble metal, such as Ni-based catalysts, are promis-
ing materials to conduct the reaction due to their relative low-cost,
high activity, selectivity to H, and stability [4]. In the present study,
the steam reforming of ethanol is considered as an ideal case, where
no intermediate compounds are formed, as previously suggested by
Song et al. [26]. Furthermore, each reaction step described by reac-
tions (1) and (2) is considered to be at equilibrium conditions at the
reactor outlet.
Ethanol decomposition reaction:

C,HsOH + 3H,0 < 2C0, +6Hy,  AHYg = 170.41 KJmol ™! (1)

Reverse water-gas shift (WGS) reaction:
CO; + Hy < CO + H30, AH;’98 k=41.1K] mol~! (2)

The dependence of the equilibrium constants with temperature
for reactions (1) and (2) have been provided by Semelsberger et al.
[27] and Moe [28], respectively. The equilibrium constants for each
reaction (K. ) were then interpolated by HYSYS, obtaining for each
reaction a linear equation of the type:

In(Ke)=A+B T '+C In(T)+DT (3)

The values of the parameters are described in Table 3.

The reactor is assumed to be isothermal, meaning that heat has
to be supplied from an external energy source to maintain the tem-
perature. In conventional tubular steam reforming adopted for both
the CR and the MR configuration, the energy required to drive the
endothermic reforming reactions is assumed to be supplied by the
combustion of a portion of fuel outside the reactor, cf. Figs. 1 and 2.

2.2. Water-gas shift reaction unit

Typically, gas can emerge from the reformer with a CO level of
1-10vol.%, which gets adsorbed on the noble catalyst of the PEMFC,

poisoning it. Therefore, the fuel processor must be designed to con-
vert the CO content in the fuel stream to levels that are tolerated
by the Pt catalyst of the PEMFC; moreover, the high conversion of
COincreases the hydrogen yield. This task is partially accomplished
by the water-gas shift reactors, where the following reaction takes
place:

CO+Hy0 <> COy +Hy, AHgg = —41.1 kJ mol™" (4)

The performance of these units depends on the input concen-
tration of CO and H,0/CO ratio. Such variables are in turn related to
the reformer reaction pathway as well as to the water-to-ethanol
molar ratio (R), reformer unit temperature (Tgef), and reaction pres-
sure (Preaction)» Which parametric analysis is done below. Besides,
the temperature of the WGS reaction unit affects its performance
because it modifies the CO conversion.

2.2.1. Conventional configuration

In the conventional configuration (Fig. 1), the WGS reaction was
assumed to be carried out, as usual, in two adiabatic shift reactors
in series with an inter-cooler in between. This allows a smaller adi-
abatic temperature rise and a better steam management, therefore
making the process more economical [29]. These units perform the
exothermal WGS reaction that is considered to be at equilibrium
conditions at the reactor outlet. The HYSYS library was used to
obtain the equilibrium data for the reaction. The first WGS stage
is characterized by working at higher temperatures, favoring a fast
CO consumption and minimizing the catalyst bed volume, and it is
called the high-temperature shift (HT-WGS) reactor. A chromium-
promoted iron oxide catalyst is assumed to be used in the HT-WGS
reactor. In the next stage the reaction takes place at a lower tem-
perature for obtaining a higher CO conversion, which is limited by
the thermodynamic equilibrium of the exothermal WGS reaction.
An inter-stage cooling system was thus used to operate the second
WGS reactor at a lower temperature. A copper-zinc-alumina cata-

Table 3

Values of the estimated parameters in Eq. (3) for reactions (1) and (2).
Reaction A B[K] C D[K]
C,Hs50H +3H,0 < 2C0, +6H, 4.740 x 10! —2.276 x 104 - 2.359x 103
CO3 +H, <> CO+H,0 5.268 x 10! —4.380 x 10° 5.809 x 10! —4.066 x 10~
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lystis usually employed in the LT stage. In this study it was assumed
that the HT- and the LT-WGS reactors operate at 360 °C and 210°C,
respectively [30].

2.2.2. Membrane-based configuration

In the membrane-based configuration (Fig. 2) the WGS reac-
tion was supposed to be carried out in an adiabatic multi-tube
membrane reactor. A membrane reactor consisting of 19 Pd-Ag
thin wall tubes has been considered for the simulation work. These
permeator tubes of 10 mm of internal diameter, wall thickness of
0.050 mm and 250 mm of length can be produced by cold rolling
and diffusion welding of metal foils made of a Pd alloy with Ag
20-25wt.%. Such a multi-tube membrane module has been built
at ENEA laboratories and should be coupled with a 500W PEM
fuel cell. The catalyst bed is assumed to be inserted in the mem-
brane lumen and the permeated hydrogen is collected in the shell
side at 0.1 MPa. The permeate stream formed by pure Hj is then
fed to the PEMFC stack. The retentate stream, i.e., essentially the
produced CO,, the CO not eliminated and the H, not permeated
(stream number 9 in Fig. 2), is conducted to the combustion unit
to fulfil the energetic needs of the system. The energy released
by the expander unit, when the WGS-MR is operated at pressures
higher than 0.1 MPa, was not taken into consideration in the energy
balance.

A computer code developed for simulating a WGS-MR of one
membrane tube has been used [31]. The model accounts for the
kinetics of the WGS reaction over an iron-based catalyst and the
hydrogen transport (permeation) through the Pd-Ag membrane.
A Langmuir-Hinshelwood kinetic model was used based on the
surface reaction of molecularly adsorbed reactants as the rate
determining step, which leads to the following expression of the
reaction rate:

kKco, Ku,0(PcoPh,0 — (Pco, PH, /Ke))
(1 + KcoPco + Ku,oPn,0 + Kco,Pco, )

(5)

—Tco =

where —rco is the rate of carbon monoxide consumption
(mol min~! ggalt), k is the rate constant, K is the equilibrium con-
stant, K; is the adsorption constant for species i (i=CO, H,0, H, and
CO,) and p; is the partial pressure of the component i. The kinetic
constants have been evaluated by Podolski and Kim [32] with a 93%
iron and 7% chromium catalyst:

k = exp (—&TSG + 20.292) mol min~! g_} (6)
Kco = exp (% - 3.392) atm™! (7)
Ku,0 = exp (g + 6.426) atm™! (8)
Kco, = exp (g _ 9.285) atm=! 9)

The MR model is based on the following main assumptions:
steady-state conditions, plug-flow, isothermal operation, ideal gas
behavior, negligible pressure drops, negligible radial temperature
and concentration profiles (one dimensional model—negligible
concentration polarization).

Pressure drop is not of concern as it is typically negligible in the
range of flow rates that are usual for the application of the reac-
tor [20]. Besides, all other hypotheses are in principle valid for the
dimensions of the set-up considered (i.e., for coupling to a 500 W
PEM fuel cell).

The tubular membrane reactor is divided into finite volume
elements where the composition of the gas, reaction rate and per-
meability towards hydrogen can be considered constant. Assuming
as inlet boundary conditions for each volume the outlet values of

the previous one, the mass balance for each component of the mix-
ture is performed. The computation of mass balances, both at the
retentate and at the permeate side of the reactor, requires the eval-
uation of reaction rate and permeation rate. These, in turn, depend
on the partial pressures of the gases in the reactor. Moreover, the
permeation rate depends on the partial pressure of hydrogen at
the permeate side of the reactor. Therefore, an iterative method
of computation has been set up, as described elsewhere [31]. The
calculation is iterated up to convergence (error<1 x 10~ mol s~1).

Using the code, the molar flow rates of the gaseous species inside
each permeator tube of the membrane reactor have been evaluated.

2.3. Preferential oxidation reactor

In the CR configuration, due to the WGS reaction equilibrium
limitations, the LT-WGS reactor typically achieves a residual CO
concentration in the order of 0.5-1.5 dry vol.%. Thus, the preferen-
tial oxidation (PrOx) unit is used to bring down to ppm levels the CO
concentration (cf. Fig. 1). Supported noble metal catalysts are typi-
cally used to promote the reaction, in particular, platinum/alumina
[33]. The precious metals used are efficient, but only start to be
active atabout 170 °C. Additionally, they are not active at low O, /CO
ratios because O, and CO compete for the same sites. Therefore, air
is added in slight excess, and so is normal that a small amount
of hydrogen is oxidized. In this reactor, the oxidation of CO using
oxygen proceeds according with the following reaction:

CO+ 103 - COy, AHYyq = —283.2 kj mol™’ (10)

As mentioned previously, the selectivity of the catalyst will typ-
ically not avoid the combustion of some hydrogen that is present
in the gas stream through the following reaction:

Hy + 102 — H,0, AHQy, , = —241.0 kJ mol ™' (11)

In this study, the O, inlet flow is computed as a function of the
CO flow rate assuming the requirement of two moles of O, per mole
of CO [34]. In the model, the CO oxidation is considered completed
after reaching 10 ppm at the reactor’s outlet. Since this combina-
tion of specifications cannot be solved directly, the Adjust operation
of HYSYS was used to automatically conduct the trial-and-error
iterations. The remaining O, reacts totally with hydrogen, which
represents a selectivity (mol H, consumed per mol CO consumed)
of nearly 3 [34]. An adiabatic operation at a temperature of 200°C
has been considered for the PrOx reactor [35,36].

2.4. Polymer electrolyte membrane fuel cell stack

To investigate the performance of a PEMFC system, an
equilibrium-based electrochemical model has been employed
[22,34]. The basic expression for the voltage for a single cell is:

Veell = ENernst + Mactan + Nact.cat + Mohmic (12)

where Enernst is the thermodynamic potential, nactan is the anode
overvoltage, a measure of the voltage loss associated with the
anode, 7act,cat 1S the cathode overvoltage, a measure of the voltage
loss associated with the cathode, and 7nypm;c is the ohmic overvolt-
age, i.e., the internal losses associated with the proton conductivity
of the electrolyte and electronic internal resistances. The three
overvoltage terms are all negative in the above expression and rep-
resent reductions from Enernst to give the real cell voltage, V. For
simplification, the operating voltage was set at 0.5V [26,34,37].

The current, I, is related with the hydrogen molar flow rate
that is consumed at the anode:

Ieenn = 2F (£} 2 = fi%,) (13)

where F is the Faraday constant (96,500 C).
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The actual electrical power generated by the cell (P.;) can then
be calculated from:

Pcell = Vcell Icell (14)

It is assumed that the cell operates with the inlet oxidant fed to
the cathode humidified at a relative humidity of 80%. The PEM is
considered to be isothermal and isobaric. A pressure of 0.1 MPa and
a fuel cell temperature of 70°C are assumed. The fuel utilization
is considered to be 80% [34] and the oxygen fed to the PEMFC is
supplied with 30% of excess concerning the inlet H,.

2.5. Post-combustion unit

The addition of a burner reactor for converting the vented fuel
from the PEMFC (cf. Figs. 1 and 2) can improve the energy efficiency
of the system by providing most of the heat needs [38]. Therefore, in
this study, the generated heat obtained in the post-combustion unit
(operating at 1000°C and 0.1 MPa) is used to balance the energy
requirement of the overall fuel processing system. Supplementary
firing of ethanol is considered if the energy content of the vented
fuel is not sufficient to close the energetic balance. Some assump-
tions were made:

- The combustion is complete and
- Stoichiometric combustion has been considered accordingly with
the following reaction:

CoH50H + 30, — 2C0; + 3H20, AH%g ¢ = —1275.56 k] mol ™!
(15)

Finally, concerning the heat exchange, the steam reforming unit
is the only reactor which consumes energy due to the endothermic
characteristic of the reaction set. There is also energy consumption
for heating the feed and the evaporation of the additional ethanol
that is fired, prior to entering the reactors, and for auxiliary equip-
ment such as pumps and compressors (cf. Figs. 1 and 2).

2.6. Definition of the fuel cell system efficiency

Concerning the evaluation of the overall efficiency of the inte-
grated systems, an expression was formulated where the energy
output obtained by the PEMFC is divided by the heating value of
the ethanol consumed in the fuel processor for reforming (n]r_:etg’lflme“)
and burning unit (nBurnery:

EtOH
P cell
TIPEMFC system = (16)
reformer burner
(nEtOH + Mgron ) HVEton

CR-based configuration

The higher heating value (HHV) was used as the HV factor, repre-
senting the amount of heat produced by the complete combustion
of the fuel (initial and final states at standard conditions). The value
of 1300 k) mol~! was then considered.

3. Results and discussion

The two integrated process models have been used to determine
the effect of the most relevant operating conditions. The influence
of the water-to-ethanol molar ratio, reforming and membrane reac-
tor temperature, reaction pressure and sweep-gas were studied in
terms of ethanol fuel processor performance as well as in terms of
overall energy efficiency.

3.1. Influence of the water-to-ethanol molar ratio and reaction
pressure

In this section, the effects of the water-to-ethanol molar ratio (R)
and reaction pressure are investigated. Fig. 3 presents the reactors’
yields and the total yield of the integrated ethanol fuel processor
for the conventional and membrane-based configuration systems.
These yields are computed as the ratio of moles of hydrogen pro-
duced per mole of ethanol incoming to the reformer (Yy, ).

In this study, the performance in terms of the total H, yield
for both ethanol fuel processor configurations is favored for higher
water-to-ethanol molar ratios (Fig. 3). Due to the water excess, the
thermodynamic equilibrium conversion of the ethanol reforming
reaction enhances the H, production and penalizes the CO con-
centration at the outlet stream of the unit (cf. Eqgs. (1) and (2));
therefore, in both processors, the WGS step produces less hydro-
gen. Moreover, in the WGS membrane reactor the hydrogen yield
significantly decreases with the feed molar ratio. In fact, an excess of
water reduces the hydrogen partial pressure and inherently the H,
recovery, decreasing the CO shift effect. In a conventional ethanol
fuel processor, due to the lower CO formation at the reformer sec-
tion, the performance of the PrOx reactor improves, consuming less
H,.

The total H, yields attained in both fuel processor configura-
tions are very similar at high water-to-ethanol molar ratios (Fig. 3).
However, a slight difference is noted in the conventional processor,
particularly at the lowest water-to-ethanol molar ratios, where a
higher amount of H, is consumed during the oxidation of CO at the
PrOx unit.

In both configurations, the largest contribution to the H, yield
is, as expected, due to the reformer. Nevertheless, the WGS reac-
tor(s) contribution cannot be neglected, accounting up to 28% (for
R=3 and Pyesction =0.1 MPa) in the conventional unit and up to 22%
(for R=3 and Ppeaction =2 MPa) in the MR-based one. The reaction

MR-based configuration
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pressure has distinct effects in both fuel processors, as shown also
in Fig. 3. In the case of the conventional one, the total H, yield
is almost insensitive to the pressure variation in the range studied
(0.1-2 MPa). This is related with the fact that the ethanol decompo-
sition achieves 100% conversion for R >4, whatever is the reaction
pressure. For R<4 there is an increasing slight negative influence of
the pressure, as predicted from the Le Chatelier’s principle (because
there is an increase in the total number of moles—cf. Eq (1)). On
the other hand, the overall performance of the membrane-based
fuel processor increases with the reaction pressure. Since the pres-
sure gradient across the membrane increases, the H, permeation
through the membrane is favored, shifting the WGS reaction equi-
librium towards additional formation of Hy.

Fig. 4 presents the energy demand of the reforming reactor, feed
heater and ethanol evaporator of each integrated system versus
the water-to-ethanol molar ratio at a constant reforming temper-
ature and reaction pressure (Tyof =700 °C and Pyesction = 2 MPa). The
energy demand evaluation of a MR-based system should be per-
formed at conditions of high hydrogen recovery.

Despite the high H, yields obtained for both fuel processors
for R>4—Fig. 3, the higher water feed flow rate demands extra
energy for feed heating and vaporizing, Fig. 4. Therefore, additional
ethanol should be furnished to the system, decreasing the energy
efficiency, as described later on. The maximum energy demand is,
however, located at the minimum water-to-ethanol molar ratio due

CR-based configuration

30( I
25
S
=
5, 20 == 20
5 25
§ [ 30
E 1S
m
%’) 10
=
) Pravaet
T——
5 Lo o 0
~ BGr o
Pl 14

Wﬂtcr
'to‘Elha
N0l moy,
ar ratjp

to the high energy consumptions in the reformer unit. In opposi-
tion, at these conditions the energy efficiency is maximized since
the amount of H, supplied to the PEMFC becomes higher.

Comparing both system configurations, it is worth mentioning
that when increasing the reactants molar ratio the MR-based con-
figuration system shows a lower overall energy demand (cf. Fig. 4).
This fact is justified by the lower H, recovery in the MR that follows
the increase on the water-to-ethanol molar ratio; by increasing the
water-to-ethanol molar ratio the enthalpy content of the stream
exiting the burner is therefore higher, favoring this way the heat
exchanger performance.

In Fig. 5, a 3D surface is presented where the global efficiency
of the system based on the HHV is shown. The energy efficiency
is presented as a function of the water-to-ethanol molar ratio
and reaction pressure. Comparing both configurations, it can be
seen that only a minor increase on the energy efficiencies can be
obtained in the membrane-based configuration system. Particu-
larly, at a reformer temperature of 700 °C, a maximum efficiency
of 29.1% is achieved at R=3 and Pjeaction =2 MPa and of 27.3% at
R=4 and Pyeaction =0.1 MPa for the MR- and CR-based configura-
tions, respectively (cf. Fig. 5).

In the work by Benito et al. [38], a conventional bio-ethanol
processor-PEMFC system, with heat integration, was proposed
and evaluated. A similar theoretical energy efficiency to the one
reported by us was obtained by these authors. Higher energy
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Fig. 5. Effect of the water-to-ethanol molar ratio and reaction pressure on the overall energy efficiency (Tger=700°C and Tyg =360 °C).
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efficiency values for CR configurations can be, however, found
in the literature. For example, Francesconi et al. [34], Godat and
Marechal [22] and Perna [39] obtained maximum energy efficien-
cies of around 36%, 46% and 43%, respectively. The difference of such
values compared with the ones obtained in this work, for the CR
system, is related with the different operating conditions and fuel
cell system modeled (e.g., fuel utilization factor, fuel cell temper-
ature and pressure and real cell voltage). Moreover, also different
heat exchange networks were considered, which leads to different
efficiencies of the FC systems configuration.

From Fig. 5 it is also possible to conclude that the membrane-
based configuration is more affected by the operating conditions
used than the conventional one. In fact, R=3 favors the MR-based
system where a higher H, partial pressure is obtained at the outlet
stream of the reformer. Therefore, a higher H, recovery is obtained
at the permeate stream of the MR, which leads to an increase of
the power output. However, when changing the other parame-
ter, i.e., the reaction pressure, one can see that it might have a
tremendous effect on the energy efficiency of the MR-based unit
(cf. Fig. 5). In the MR-based system, since the H, permeation flux
depends on the H, partial pressure gradient across the membrane,
it is expected that the increase of the reaction pressure favors the
fuel cell output power and synergistically the energy efficiency of
the system. In limiting cases, i.e., when the reaction pressure tends
to be very low but the water-to-ethanol molar ratio is simulta-
neously high (R>7), null efficiencies are obtained. On the other
hand, the effect of the reaction pressure on the CR-based system
is almost negligible, while the influence of R is a bit more notori-
ous. The optimum in the energy efficiency for R~ 4 results from
the combination of two facts: by decreasing R, higher amounts of
hydrogen are obtained (because the equilibrium conversion effect
is almost negligible), however for low R values a more significant
consumption of hydrogen occurs in the PrOx unit.

At lower water-to-ethanol molar ratio values, especially for
R <3, there is the formation of coke over the steam reforming cat-
alyst. Coke can “destroy” the catalyst structure and occupy the
catalyst surface, reducing the catalyst activity; besides, the H, yield
of the process becomes severely reduced due to the formation of by-
products. So, higher water-to-ethanol molar ratios are frequently
employed in practice to reduce the rate of carbon deposition and
favor the H, production. Even at a H,O/C,H50H molar ratio of 5, the
MR-based system shows an energy efficiency that is very close to
the CR configuration, when operated at a relatively high reaction
pressure—Fig. 5. The reaction pressure is certainly an important
design variable of the MR-based system, although above 0.5 MPa
the energy efficiency increases only marginally.

It is worth noting that the optimal water-to-ethanol molar ratio
and reaction pressure, considering the reformer alone and the total
H, yields achieved for each fuel processor configuration (Fig. 3),
does not agree with the best operating conditions from the point
of view of a global efficiency analysis (cf. Figs. 4 and 5). This fact
indicates the importance of optimizing integrated systems rather
than optimizing process units separately for different objective
functions, as also indicated by Francesconi et al. [34].

Up to now, the MR-based system configuration revealed to be
promising in terms of both performance and efficiency for the
range of conditions studied when compared with the conventional
process. Despite the advantages of using the MR-based process, a
decisive selection between both systems should be made on the
basis of an economic balance considering the investment, capital
and operation costs involved in each one. The membrane reactor
is probably the most expensive piece of equipment because it uses
50-pwm thick palladium-based membranes. However, much thinner
membranes are being developed and it is expected that a compos-
ite palladium membrane 1 wm tick costs only 50-100% more than
the corresponding ceramic support.
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Fig.6. Reactorsyieldsvs.temperature of the reformer at different reaction pressures
for the MR-based process (R=3 and Tyg =360 °C).

In the following sections, the MR-based system will be stud-
ied in more detail in order to investigate the effects of some other
operating conditions.

3.2. Influence of the reformer temperature

To reduce the operating costs and increase the energy efficiency
of the FC system, a compromise should be made between the tem-
perature and pressure at the reformer unit; this should take into
account the H; yields obtained by the fuel processor and the tem-
perature limit at which coke formation is negligible.

The effect of the reforming temperature on the MR-based con-
figuration is analyzed in this section considering R=3. The H,
yield of the fuel processor plot (Fig. 6) shows that increasing the
temperature, the total hydrogen production increases, which is
in opposition to the performance behavior of the reformer unit.
The ethanol steam reforming is an equilibrium-limited reaction.
Due to its endothermicity, temperature has a positive effect on
the ethanol conversion. In the range of temperatures considered,
the H, yield in the reformer unit is, however, negatively affected.
This happens because the equilibrium conversion of reaction (1)
(which is close to completion) is less affected by this variable than
the equilibrium conversion of reaction (2). In particular, the equi-
librium conversion for the ethanol decomposition increases from
98.39% (R=3, Preaction =0.2 MPa and Tes=500°C) to 99.85% (R=3,
Preaction = 0.2 MPa and Ty = 900 °C). For the RWGS reaction, the con-
version increases from 49.58% to 80.56%, in the same temperature
range (and equal conditions). This way, the effect on the RWGS
overcomes the 6 mol of H, produced for each mol of ethanol con-
sumed through reaction (1). Since the CO content is increased by the
effect of Tf, the Hy production of the fuel processor is then mainly
favored via the WGS reaction (cf. Fig. 6). Globally, the H, produc-
tion of the fuel processor is favored by the reformer temperature.
This fact is more evident at higher reaction pressures, where the H,
recovery and CO shift is higher. At lower pressures (e.g., 0.2 MPa in
Fig. 6), the positive effect reached in the WGS-MR is offset by the
negative effect in the reformer, being the overall H, yield nearly
independent of the reformer temperature.

In Fig. 7, the energy efficiency of the MR system is shown as a
function of the water-to-ethanol ratio and reforming temperature
at 2.0 MPa (high H, recovery conditions). Higher energy efficiencies
are obtained at lower reformer temperatures because of the smaller
energy requirements in the reactor and evaporation. A maximum
efficiency of npemrc system = 30.2% occurs at the minimum tempera-
ture (500 °C) of the reformer considered in this study. Additionally,
atthese conditions, no supplementary firing of ethanol is necessary.
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the energy efficiency of the fuel cell system for the MR-based system (Pyection =2 MPa
and Tyg =360°C).

Ethanol steam reforming operation at 500°C or below is experi-
mentally described in the literature as a promising choice for fuel
cell applications. The effect of R in the energetic efficiency is similar
to that reported in Fig. 5 (i.e., the smaller the water-to-methanol
ratio, the higher the efficiency because more H, is produced).

3.3. Influence of the WGS-MR temperature

In this section, the reactor’s performance and the global energy
efficiency of the system are studied as a function of the WGS-MR
temperature.

The hydrogen diffusion through palladium occurs via a solu-

tion/diffusion mechanism, which is frequently described as follows
[40]:

1= 2 wr-p (17)
where ] is the hydrogen permeation flux (molm=2s-1), ® is the
hydrogen permeability (molmm~2s-1Pa—"), § is the metal wall
thickness (m), nis amodel constant (n=0.5 assuming Sieverts’ law),
and p; and p; (Pa) are the hydrogen partial pressures upstream and
downstream, respectively (i.e., in the lumen and permeate sides,
respectively). Moreover, the hydrogen transport through the dense
palladium-based membrane is an activated process. Assuming that
the permeability follows the Arrhenius’ law, it can be written:

@ = b e ENT) (18)

where ®, is the pre-exponential factor (molmm~2s-! Pa=95), E is
the activation energy (J mol—1), % is the gas constant and T (K) is the
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Fig. 9. The effect of the reaction pressure and temperature of the MR on the energy
efficiency of the fuel cell system (Tges=700°C, R=3).

absolute temperature. The hydrogen permeability parameters of
the Pd-Ag 23 wt.% alloy have been obtained from the literature [31]:
®y=7.730 x 1078 molmm~—2 s~ Pa=%3 and E=6.601 x 103 Jmol-1.

The hydrogen permeation is then expected to increase with the
temperature and transmembrane hydrogen partial pressure differ-
ence. Therefore, it is important to evaluate the influence of these
variables on the global performance of the MR-based system.

In Figs. 8 and 9, the effect of the WGS-MR temperature and reac-
tion pressure on the global H, yield, CO conversion, H, recovery
and energy efficiency are shown; a water-to-ethanol molar ratio of
3 and a reformer temperature of 700 °C were considered.

Fig. 8a shows that increasing the temperature of the WGS-MR,
the hydrogen total yield of the fuel processor has a maximum
value at 360 °C, within the pressure range presented in this study
(although more easily noticed in the figure at Pyeaction =2 bar). This
result is explained by the combined effect that the CO conversion
and the H, recovery attained in the WGS-MR have with the tem-
perature (see Fig. 8b). In other words, due to the exothermicity of
the WGS reaction, temperature negatively affects the thermody-
namic CO conversion level based in the feed conditions. However,
the shift effect is enhanced by the increase of the H, recovery, which
is favored by the temperature (see Eq. (18)). Therefore, an optimal

temperature of the WGS-MR can be obtained in order to achieve
the maximum CO conversion and inherently the global H, yield.
The relationship between the catalyst activity and the mem-
brane permeation is quite important on the optimization of the
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membrane reactor. Despite the work performed being related to
a functional model under development at ENEA, the optimiza-
tion of the reactor area/volume aspect ratio can be done using
the Damkoler-Permeation (DaPe) number [41]. The membrane is
needed to permeate hydrogen produced from CO conversion, which
reaction takes place in the fixed bed delimited by the membrane
walls. Fig. 8b plots CO conversion and recovered hydrogen as a func-
tion of the MR temperature. From this figure it can be seen that most
of the produced hydrogen is recovered, indicating that the reactor
aspect ratio is adequate.

From Fig. 8b, it can be seen that the total CO conversion was not
achieved for the WGS-MR module and operating conditions sim-
ulated. In other words, a retentate stream containing mainly COo,
some steam, non-recovered hydrogen and the non-converted CO
(Table 2) is obtained. This indicates that improvements should be
made in the module membrane (e.g., higher permeation area and/or
lower membrane thickness) and/or in the process conditions (e.g.,
using a higher reaction pressure) to improve the H, recovery and
the remaining CO consumption.

The WGS-MR shows higher energy efficiencies for 360 °C, where
the Hy, production is favored, and for reaction pressures above
0.5 MPa (Fig.9). Acompromise should then exist between the WGS-
MR temperature and the lumen (retentate) side pressure, in order
to achieve higher performances and global energy efficiencies.

3.4. Influence of the sweep-gas and MR configuration

Up to this point, we assumed that the WGS-MR operates with-
out sweep-gas in the permeate side, which was settled as ambient
pressure. Despite the higher simplicity of the process in terms of
final H, purification and cost, these are very limiting conditions
for the H; recovery and yield. This limitation can be overcome by
applying vacuum to the permeate side or by feeding a sweep-gas
to the permeate chamber (shell side) of the membrane module.

In a previous work by Tosti et al. [20], the authors concluded
that the permeating hydrogen should be collected in the shell side
using a sweep-gas stream in counter-current mode for increasing
the permeation driving force.

Using steam as sweep-gas has the advantage of being usually
available on-site and being easily separated from the permeated
hydrogen; alternatively, the hydrogen humidified stream could be
directly fed to the fuel cell [42]. Often, the higher the sweep-gas flow
rate, the greater the permeation rate. However, the vaporization of
water is one of the most energy intensive operations in industry.
Therefore, the flow rate of water sweep-gas should be studied not
only in terms of the H, recovery achieved in the MR, but also in
terms of the energy efficiency of the system.
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counter-current mode and T,f=700°C, R=3 and Tyr =360°C.

Taking this into consideration, Fig. 10 shows the effect of the
sweep-gas molar ratio (ratio of the steam sweep flow rate to the
ethanol flow rate incoming into the reformer unit) over the energy
efficiency of system, at different retentate pressures. The role of
the steam sweep-gas molar ratio on the energy efficiency of the
system clearly depends on the pressure of the WGS-MR reten-
tate/reaction side. At low reaction pressures, where the pressure
gradient across the membrane is low and inherently the H, recov-
ery, higher energy efficiencies are in principle favored by the usage
of a higher steam sweep molar ratio. However, once attained the
maximum energy efficiency, the increase of the sweep molar ratio,
despite the enhancement of the H; recovery, is no longer advanta-
geous (cf. Fig. 10). Extra energy is then necessary to vaporize the
sweep-gas water, decreasing the energy efficiency of the system.
When operating at higher reaction pressures, a lower amount of
sweep-gas is needed to achieve higher energy efficiency.

At this point it is interesting to analyze the improvements
obtained using the steam sweep-gas compared with no sweep-gas.
In Fig. 11 it is compared the performance of the WGS-based sys-
tem operating with and without sweep-gas, in terms of global H,
yield and energy efficiency, both in a normalized way. Operating
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Fig. 11. Comparison of WGS-MR system performance operating with and without steam sweep-gas in terms of the reactor’s yield and global energy efficiency. Variables are
normalized by the performance of the system without sweep-gas. Other conditions are: Tger=700°C, R=3 and Tyr =360°C.
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at low pressures, some improvements on the global performance
are possible to obtain using a WGS-MR operating with sweep-gas.
In particular, the energy efficiency can achieve twice as much the
one with no sweep-gas. These differences vanish if higher reaction
pressures are used. In fact, at Pyoyction = 2 MPa the H, yields in both
systems are similar. On the other hand, at Presction =2 MPa the usage
of sweep-gas at relatively high sweep molar ratios results in alower
energy efficiency (cf. Fig. 11).

4. Conclusions

A PEMFC/fuel processor stationary system fed with ethanol has
been simulated using HYSYS process simulator. The conventional
configuration of a fuel processor was compared with a configura-
tion using a WGS Pd-Ag membrane reactor, in terms of hydrogen
yield and energy efficiency. The influence of several variables was
simulated and discussed, showing the importance of analysing the
integrated systems.

Comparing both configurations, it was found that similar energy
efficiencies can be obtained if the membrane-based system runs
under conditions that favor high H, recovery. This can be achieved
operating at elevated reaction pressure with no sweep-gas or,
alternatively, with low lumen (retentate) pressure but with steam
sweep in counter-current mode.

In the membrane reactor configuration, a maximum efficiency
of 30.2% is attained at the minimum temperature of the reformer
considered in this study (500°C). The membrane reactor should
operate at an optimum temperature of 360°C in order to attain
a compromise between maximum CO conversion and H; recov-
ery, thus improving the H, yield of the processor and the energy
efficiency of the system.

The results obtained show that the usage of water vapor as
sweep-gas improves the H; yield of the processor in a large range
of operating conditions. In terms of energy efficiency of the sys-
tem, this still holds for low pressures (Preaction < 0.5 MPa), but the
improvements are marginal and restricted to a narrower range of
conditions at high pressures.

Finally, it was shown that the MR-based fuel cell system is more
suitable than the CR one for producing hydrogen under the oper-
ating conditions used in this study. The MR-based fuel cell system
is simpler than the CR one and shows slightly higher energy effi-
ciencies. Besides, with such a configuration the reduction in system
complexity (along with synergetic effects) can be achieved, moving
into the logic of the process intensification strategy.
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